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Abstract
An Euler–Euler computational fluid model was developed successfully for the hydrodynamic prediction of a trickle-bed reactor (TBR)
designed for advanced wastewater treatment facilities. Catalytic wet air oxidation of phenolic acids was simulated in a TBR by means of
computational fluid dynamic (CFD) in the temperature range 170.200 ◦C and pressures 10.30 bar. The hydrodynamic model validation was
accomplished through the comparison of simulated pressure drop and liquid holdup with experimental data from the literature. In a broad range
of gas and liquid flows studied (G = 0.10.0.70 and L = 0.5.5 kg/m2 s) at different operation conditions, CFD demonstrated the considerable
effect of operating pressure in pressure drop, whereas a minor influence was detected for the liquid holdup. CFD runs were then performed
for the catalytic wet air oxidation of aqueous phenolic acids solution. The reactor behaviour was analysed by means of total organic carbon
profiles which reflected the influence of temperature, pressure, gas–liquid flows and initial pollutant concentration.
 2007 Published by Elsevier Ltd.
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1. Introduction
The growing public awareness and the increased demand
for industrials to meet human requirements have created
global problems involving overexploitation of available nat-
ural resources leading to pollution of the land, air and water
environments. As a consequence, the stringent regulations es-
tablished by the various governmental authorities are forcing
industry to treat effluents to the required compliance level
before discharge into the surroundings. Phenols and phenolic
acids commonly appear in aqueous final streams arriving from
different sources such as food and agro industry as well as
pharmaceutical, petrochemical and chemical companies. Un-
less the concentration is low enough, phenolic wastewaters are
poorly biodegradable because of their bactericidal properties
(Paraskeva and Diamadopoulos, 2006). Therefore, phenolic
compounds must be specifically destroyed before discarding
the effluent for subsequent treatment in conventional sewage
plants. Among the advanced oxidation processes, catalytic
wet air oxidation (CWAO) has been shown to be an effective
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technique for eliminating organic compounds, such as pheno-
lic and other aromatic products (Bhargava et al., 2006). In this
ambit, catalyst screening studies have been performed success-
fully in our group with a model solution of several phenolic
acids including syringic, vanillic, 3,4,5-trimethoxybenzoic, ve-
ratric, protocatechuic and 4-hidroxybenzoic acids in which to-
tal organic carbon (TOC) was oxidised in batch wise slurry
reactor (Lopes et al., 2007a). In particular, the Mn–Ce–O cat-
alyst revealed good stability in terms of leaching and carbon
adsorption leading to the complete TOC removal so that cata-
lyst deactivation phenomena were not addressed in the present
study.
However, at industrial level, three-phase reactors are required
for the continuous wastewater treatment operating in trickle
flow regime at trickle-bed reactors (TBR). In order to achieve
industrial feasibility, four main aspects of CWO in continuous
mode have to be considered namely chemistry of CWO, reac-
tor geometry, catalyst stability and scale-up (Sie and Krishna,
1998). If the first parameters have been reviewed in the liter-
ature, scheduling and scale-up studies leading to their appli-
cability to industrial processes on CWO reaction engineering
have not been fulfilled. Therefore, the present paper intends
to examine the behavior of a TBR by means of computational
fluid dynamic (CFD) codes.
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The use of TBRs is common in industrial multiphase cat-
alytic processes and spans a broad range of applications from
the manufacture of value-added products to the conversion of
undesired chemicals into harmless and bio-compatible species.
Despite nearly 50 years of worldwide research efforts, a sat-
isfactory approach to TBRs is still out of grasp. Even though
fluid dynamics continue to be among the most intensely studied
areas, TBR state-of-the-art is far from being complete and yet
no universal approach has emerged as a panacea to predict con-
clusively TBR key fluid dynamic parameters (Al-Dahhan et al.,
1997; Carbonell, 2000; Gianetto and Specchia, 1992; Goto
and Smith, 1975; Sáez and Carbonell, 1985). This is partly as-
cribable to the diverse entangling gas–liquid patterns met in a
TBR which make such parameters depend in a complex manner
on the fluid properties and throughputs, interfacial interactions
and bed geometry. In these reactors, gas and liquid phase perco-
late co-currently downward through a fixed bed of catalyst par-
ticles. Generally, three-phase fixed bed reactors can operate in
hydrodynamically different regimes whose boundaries depend
on gas and liquid superficial velocities, catalyst bed and fluid
properties (Al-Dahhan et al., 1997; Attou and Ferschneider,
1999; Holub et al., 1993; van der Merwe and Nicol, 2005).
In practice, many of the chemical reactors used in industry
are truly multiphase and must be described in the context of
CFD by multiple momentum equations (Jiang et al., 2002).
Direct numerical simulation of the transport equations for all
phases with fully resolved interfaces between phases is pos-
sible for only the simplest systems. Such a detailed model
could not be used to predict a large chemical reactor such
as a TBR and other multiphase reacting flows (Gunjal et al.,
2005). As a middle-term approach, we evaluated in a previous
work the TBR behaviour for the catalytic wet oxidation
of a vanillic acid solution by using the available methods
in commercial CFD codes where the fluid is modelled by
the volume or mass fractions for each phase (Lopes et al.,
2007b) much in the same way used to describe micromixing in
single-phase flows.
2. Numerical model and governing flow equations
In this work, TBR is modelled by means of a multifluid CFD
Euler–Euler two-fluid model implemented in commercial soft-
ware FLUENT 6.1. In a first step, the hydrodynamic behaviour
for the gas–liquid concurrent downflow is analysed in order
to validate with results taken from the open literature. After-
wards, the influence of operation conditions on the catalytic
wet oxidation in continuous mode is evaluated. At the subgrid
scale, the two phases (G/L) are described by the correspond-
ing volume fractions. The multifluid CFD model at its most
basic level consists of mass and momentum balances for each
phase. In the case of multiphase and incompressible flow, the
pressure constrains the velocity field to ensure that the sum of
the phase volume fractions equals unity. To reduce the compu-
tational requirements and numerical efforts, the mesh domain
was previously optimized in terms of cell number.
FLUENT uses phase-weighted averaging for turbulent mul-
tiphase flow, and then no additional turbulent dispersion term is
introduced into the continuity equation. The mass conservation
equation for each phase is

t
(ii ) + ∇ · (ii ui) = 0, (1)
where i , i and ui represent the density, volume fraction and
mean velocity, respectively, of phase i (L or G). As referred, the
liquid phase L and the gas phase G are assumed to share space
in proportion to their volume such that their volume fractions
sums to unity in the cells domain
L + G = 1. (2)
The momentum conservation equation for the phase i after
averaging is

t
(ii ui) + ∇ · (ii ui ui) = − i∇p + ∇ · eff + Ri + Fi
+ ii g. (3)
p is a pressure shared by the two phases and Ri represents
the interphase momentum exchange terms. The Reynolds stress
tensor eff is related to the mean velocity gradients using a
Boussinesq hypothesis:
eff = i (lam,i + t,i )(∇ui + ∇uTi )
− 23i (iki + (lam,i + t,i )∇ · ui)I . (4)
The most important interphase force is the turbulent drag force
resulting from the mean relative velocity between the two
phases and an additional contribution resulting from turbulent
fluctuations in the volume fraction due to averaging of momen-
tum equations (FLUENT 6.1, 2005). Ri is reduced only to the
drag force proportional to the mean velocity difference, given
by the following form where K is the liquid–gas exchange
coefficient as described in the following equation:
RL = − RG = K(uG − uL). (5)
Mainly due to the intrinsic nature of multiphase reactors,
the incomplete understanding of the physics plus the highly
coupled and nonlinear nature of the equations, the complete
solution is largely dependent in the mechanistic principles
and advanced numerical analysis as well as satisfactory
computational resources. Therefore, closures equations for
fluid/fluid and fluid/particle interactions integrated in the overall
momentum balance equation is often an approximation based
in theoretical assumptions. The left-hand side of Eq. (3) repre-
sents the rate of change of momentum for the ith phase, whereas
the right-hand side represents pressure forces, gravitational
acceleration, average shear stresses and interphase momentum
exchange. The pressure drop in the packed bed is usually corre-
lated using the Ergun equation or its variants (Al-Dahhan et al.,
1997; Holub et al., 1993; Sáez and Carbonell, 1985). Interphase
coupling terms may therefore be formulated based on simi-
lar equations. The presence of liquid flow, however, leads to
additional interphase exchanges, which need to be formulated
correctly. We have used the model of Attou and Ferschneider,
1999, which includes gas–liquid interaction forces and it was
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developed for the regime in which liquid flows in the form of
film. The interphase coupling terms are expressed in terms of
interstitial velocities and phase volume fractions for gas–liquid,
gas–solid and liquid–solid momentum exchange forms:
FGL = εG
(
E1G(1 − εG)2
ε2Gd
2
p
[
εS
1 − εG
]2/3
+E2G(uG − uL)(1 − εG)
εGdp
[
εS
1 − εG
]1/3)
, (6)
FGS = εG
(
E1G(1 − εG)2
ε2Gd
2
p
[
εS
1 − εG
]2/3
+E2GuG(1 − εG)
εGdp
[
εS
1 − εG
]1/3)
, (7)
FLS = εL
(
E1Lε
2
S
ε2Ld
2
p
+ E2LuGεS
εLdp
)
. (8)
Gas–liquid, liquid–solid and gas–solid mass transfer is mod-
elled by the Stefan–Maxwell equations for multicomponent
transfer. This formulation for interphase mass and energy trans-
port need to be modeled for unsteady state operation due to the
fact that assumptions for conventional isothermal, steady state
dilute solution transport of single species are not justified in the
unsteady state operation case (FLUENT 6.1, 2005). The solu-
tion of the Stefan–Maxwell equations involves the formulation
of the transport and equilibrium relations at each interface,
which are then solved for the required fluxes and compositions
(Taylor and Krishna, 1993). Trickle flow is the operating
flow regime studied and typically characterized by lower values
of Reynolds number, i.e., according to the literature gas–liquid
interaction is low enough so capillary pressure force can be
neglected in most cases. This means that we can assume same
pressure for both phases at any point in time and space. In
fact, the contribution of the turbulent stress terms to overall
momentum balance equation is not significant in laminar flow
(FLUENT 6.1, 2005) so that the reason of accounting for k.ε
turbulence model is primarily based on the fact the wall func-
tions in other models would have limitations in predicting the
heat transfer of convective flow because the flow and temper-
ature boundary layer would not be properly simulated, even
if a fine boundary layer grid is used. For this reason, when
using a k.ε turbulence model a rather coarse grid should be
carefully used at the boundary layer. For example, using the
SST turbulence model the flow and temperature distribution
in the boundary layer can be simulated but only if the bound-
ary layer is resolved by a fine grid. Therefore, the standard
k.ε turbulence model is not used in this paper to simulate
turbulence because its overall effect in momentum equation is
negligible, but mainly to account indirectly for heat transport
phenomena. The turbulent liquid viscosity t,L is
t,L = LC
k2L
εL
(9)
and is obtained from the prediction of the transport equations
for the kL,kinetic energy, and εL, dissipation energy in the
following equations, respectively

t
(LLkL) + ∇ · (LLuLkL)
= ∇ ·
(
L
t,L
k
∇kL
)
+ LGk,L − LLεL (10)
+ LLkL, (11)

t
(LLεL) + ∇ · (LLuLεL)
= ∇ ·
(
L
t,L
ε
∇εL
)
+ L εL
kL
× (C1εGk,L + C2εLεL)
+ LLεL. (12)
GkL is the rate of production of turbulent kinetic energy. C,
C1ε, C2ε, C3ε, k and ε are parameters of the standard k.ε
model with the following values: 0.09, 1.44, 1.92, 1.2, 1.0 and
1.3. The turbulent quantities for the kinetic energy and turbulent
viscosity of the gas were modelled using the primary phase
turbulent quantities.
The conservation of energy in Eulerian multiphase applica-
tions is described by a separate enthalpy equation for each phase

t
(qqhq) + ∇ · (qq uqhq)= − q
pq
t
+q :∇ uq − ∇ · qq
+ Sq +
n∑
p=1
( Qpq + m˙pqhpq − m˙qphqp), (13)
where hq is the specific enthalpy of the qth phase, qq is the
heat flux, Sq is a source term that includes sources of enthalpy
(e.g., due to chemical reaction or radiation), Qpq is the intensity
of heat exchange between the pth and qth phases, and hpq
is the interphase enthalpy (e.g., the enthalpy of the vapour at
the temperature of the droplets, in the case of evaporation).
The heat exchange between phases must comply with the local
balance conditions Qpq = −Qqp and Qqq = 0.
3. Results and discussion
3.1. TBR specifications and numerical techniques
The solution domain for the experimental system investi-
gated in this work is shown in Fig. 1. It consists of a cylindrical
vessel with 5 cm internal diameter and 1 m bed height packed
with catalyst spherical particles 2mm diameter. Numerical sim-
ulations are compared to experimental data in order to validate
the predicted hydrodynamic parameters pressure drop and liq-
uid holdup. The simulated operating conditions simulated were
10.30 bar pressure and temperatures from 290 to 500K. Gas
and liquid mass flow rates were in the range 0.10–0.70 and
0.05.15 kg/m2 s, respectively.
The geometry of the top distributor is not included in the
present model and therefore its influence on the flow field is
ignored. The FLUENT preprocessor GAMBIT 2 (2005) was
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Fig. 1. Computational mesh domain of TBR at the entrance.
used as a geometry and mesh generator. The mesh of the
packing bed was designed excluding surface roughness. The
multigrid computational domain adopted in the TBR is char-
acterized by tetrahedral cells around and over the catalyst
particles and hexahedral elsewhere because this strategy takes
advantage of the hierarchical nature of the grids, incorporating
an efficient technique to generate the coarser grids in the mesh
preprocessor GAMBIT 2, 2005. The governing equations are
solved with a time step based on the flow speed within that
particular mesh that can be useful to save CPU time by re-
quiring coarse meshes to be updated only when necessary and
implemented in commercial software FLUENT 6.1. Closures
equations are solved using user-defined routines. For that rea-
son and aiming to achieve an higher numerical definition, the
compromise is between the application of coarse meshes that
are best designed in regions where temporal and spatial gradi-
ents of key quantities are relatively small and the preliminary
numerical results that were carried out to identify the number
of computational cells appropriate to obtain qualitative and
quantitatively grid independent results. Fig. 1 shows the es-
sential features of the 800.000 tetrahedral cells representing
the catalytic bed. The quality of meshes was analysed using
the skewness criteria based on the difference between the cell
size and the optimal size which is the equilateral volume. All
the cells skewness are below 0.60 which indicates that the
mesh is acceptable (GAMBIT 2, 2005). The system domain is
discretized by an unstructured finite volume method, obtained
using the solver FLUENT 6.1 (2005) in order to convert the
governing equations like continuity and momentum equations
to algebraic equations that can be solved numerically. The reac-
tor wall and catalyst surfaces are treated as nonslip boundaries
with standard wall functions. The gas flow rate at the distribu-
tor is defined via inlet-velocity-type boundary condition with
gas volume fraction charging according to the specifications
made in the simulations. The use of under-relaxation factors
represents a good compromise between physical accuracy and
reasonable computational effort. The flow model is based on
solving Navier–Stokes equations for the Eulerian–Eulerian
multiphase model along with muliphase k.ε turbulent model.
The governing differential equations aree solved using iterative
solution to the discrete form of the mathematical model using a
SIMPLE algorithm for pressure–velocity coupling with first or-
der implicit formulation for unsteady integration and first order
upwind scheme discretization for spatial derivatives. It should
be pointed out that higher integration schemes can in general
give better results at the expense of more computational power.
However, in order to assess the usefulness of an Eulerian ap-
proach simulating a trickle flow with Newtonian fluids, the
effect of discretization schemes on numerical solutions for the
convection term in the constitutive equation is more adequate
for viscoelastic fluid flows, according and commonly used in
the literature. For this purpose, different discretization schemes
were not considered in our case study given that the first-order
upwind difference scheme and artificial diffusion scheme show
most stable and smooth solutions even for highly extensional
flows. The gas and liquid are described as interpenetrating con-
tinua and equations for conservation of mass and momentum
are solved for each phase. To avoid numerical difficulties, the
transient calculations were made for two-phase flow starting
with different time steps. The converged solution is assumed
when the scaled residuals of all variables were smaller than
10−3. Preliminary numerical simulations were carried out to
identify the computational cells that are adequate to obtain
grid independent results so that these numerical simulations
showed that the predicted values of overall pressure drop and
liquid holdup become insensitive to further grid refinement
either when increasing the number of grid cells or using higher
order discretization scheme that caused less than 5% change
in pressure drop and less than 1% change in liquid volume
fraction.
3.2. Hydrodynamic studies
As the performance of the TBR is affected by the fluid dy-
namic parameters, the hydrodynamic studies are discussed in
terms of liquid holdup and pressure drop at different operat-
ing pressures in the range 10.30 bar. In order to validate the
computational model, the runs were carried out for the vec-
torial field of liquid and gas velocity and for liquid hold up
and pressure drop using spherical catalysts with 2mm diame-
ter. The CFD flow maps indicate that for gas (Fig. 2) and liquid
(Fig. 3), the velocity is higher at points where the flow is pro-
cessed downward in axial direction. In accordance to these
results, the maximum gas velocity is about 0.5 cm/s (Fig. 2)
while the liquid velocity is about 0.005 cm/s (Fig. 3) which
is in the range of well accepted trickle flow maps reviewed
elsewhere (Al-Dahhan et al., 1997; Wammes and Westerterp,
1990). Simulated CFD liquid holdup and pressure drop are rep-
resented in Figs. 4 and 5 by lines as a function of liquid mass
flux water when the reactor operates with air as the gas phase
at different pressure values. The experimental data plotted in
Figs. 4 and 5 were available from the work developed by
Nemec and Levec (2005) in where it was described in detail the
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Fig. 2. Gas velocity (cm/s) map at axisymmetric plane.
Fig. 3. Liquid velocity (cm/s) map at axisymmetric plane.
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Fig. 4. Liquid holdup as a function of liquid mass flux at constant pressure
values (G = 0.5 kg/m2 s).
experimental setup. In that work, liquid holdup was measured
by a gravimetric method that consists in weighing the column in
two different ways to have good reproducibility. After the bed
was extensively prewetted, the reactor with dimensions similar
L / (kg/m2s)
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Fig. 5. Pressure drop as a function of liquid mass flux at constant pressure
values (G = 0.5 kg/m2 s).
to the ones described previously was operated first in a high in-
teraction regime and then reduced to the desired level at which
the pressure drop and liquid holdup were measured. These pre-
dictions are in good agreement with experimental values which
enables the validation of our CFD model. In fact, the compu-
tational fluid dynamic model validation was carried out first in
single-phase pressure drop simulations with only the gas phase
flowing downward the bed; afterwards, two-phase flow is simu-
lated to perform the final comparison between predicted hydro-
dynamic parameters and experimental data. In the whole range
of Reynolds numbers for gas phase, pressure drop predictions
are within 10% of error when comparing with the measurements
provided by Nemec and Levec (2005). It should be pointed out
that the operational region of flow rates (10<ReG < 400) is
that of particular interest to TBR and in this ambit Eulerian
model fits the pressure drop data as well as liquid holdup quite
well within acceptable limits of 10%. Moreover, our validation
results are successfully compared against the results of Attou
and Ferschneider (1999) for the pressure drop in a parity plot
illustrated elsewhere (Lopes et al., 2007b). It should be also
emphasized that the fixed-bed modelled in this work had the
tube to particle diameter ratio higher than 10 so the available
geometry and data taken from literature should not be affected
by the reactor column wall. In accordance to Fig. 4, when the
liquid mass flux increases, the liquid holdup also increases for
L higher than 8 kg/m2 s being the growth rate smaller for the
same total pressure value whereas an increase of the total pres-
sure results in a considerable decrease of liquid holdup. The
influence of the gas flow determined by a different operating
pressure on the liquid holdup is less pronounced at low values
of liquid mass fluxes. For example, in case the reactor oper-
ates at 40 bar, the liquid holdup is substantially lower compared
when it operates at 10 bar. These higher differences at higher
L values result from the fact that a further increase of the reac-
tor pressure at a constant gas velocity corresponds to a higher
driving force.
The influence of the superficial gas velocity and of the reac-
tor pressure on the liquid holdup can be explained by means of
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the pressure gradient over the reactor, i.e. the drag force at the
gas–liquid interface. The pressure gradient depends on the gas
velocity and on the gas density; it is together with the gravi-
tational force the driving force for the liquid flow. The liquid
holdup is the result of two counteracting forces: the frictional
forces at the packing surface and the driving force acting on the
liquid phase (Al-Dahhan et al., 1997; Holub et al., 1993; Sáez
and Carbonell, 1985). In the case of both liquid and gas flows
are present, the total driving force increases due to the pressure
gradient; nevertheless, as soon as the liquid mass flux becomes
more significant, the liquid holdup remains practically constant
at 0.2 as observed by the threshold observed in Fig. 4 and only
increases slightly. Comparing Figs. 4 and 5, where the pressure
gradient per unit reactor length has been plotted as a function
of liquid mass flux, we see that for very low values of pressure
drop the liquid holdup are equally small. With the increase of
pressure drop due to higher reactor pressures, the total driving
force enlarges noticeably and, hence, the liquid holdup growth
rate reduces when the liquid mass flux increases (Wammes and
Westerterp, 1990). Moreover, the comparison between the hy-
drodynamic parameters determined at 10 and 40 bar shows that
the effect of the reactor pressure has greater influence on the
pressure drop than it has on the liquid holdup as expected.
3.3. Effect of operating conditions on TOC conversion
Some TBR models reported in the literature considered
isothermal operation and used either a pseudo-homogeneous or
a heterogeneous model with plug-flow for gas and liquid phase
while other models accounted for liquid flow non-uniformity by
using an axial dispersion model or even a residence time distri-
bution based model. In the present work, our CFD Euler–Euler
two-fluid model incorporate the three fundamental balances,
continuity, momentum and energy computed by means of
phase-weighted averaging for turbulent multiphase flow.
The TBR oxidation behaviour in terms of total organic
carbon conversion is developed taking into account the kinetic
expressions obtained elsewhere (Lopes et al., 2007a) dealing
with the catalytic wet air oxidation of several phenolic acids.
The kinetic parameters of catalytic wet air oxidation for the
phenolic mixture were calculated by means of generalized
kinetic model (GKM), a lumped kinetic model widely used to
describe the total organic carbon profiles in CWO reactions.
GKM considers three types of compounds: easier degraded
reactants (A); intermediates with difficult degradation (B) and
desired end products, namely carbon dioxide and water (C). In
the oxidation process of the phenolic solutions with Mn–Ce–O
70/30, phenol and acetic acid were formed as intermediate
compounds, being totally degraded during the treatment and
the overall TOC practically reduced to zero. The activation
energy and the pre-exponential factor were calculated by using
the Arrhenius plot and the reaction rate constants as a function
of temperature were then integrated in the TBR model as well
as the reaction enthalpy computed from the difference between
the enthalpy of formation of end products (CO2 and H2O) and
initial reagents, considering total organic carbon conversion of
the six phenolic acids. In the computational model, the liquid
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Fig. 7. Bulk temperature (K) at axisymmetric plane with CWAO.
reactants were assumed to be non-volatile and the gas phase
is pure at constant partial pressure of the reacting oxygen. The
results of our simulations have assumed a uniform flow at the
reactor entrance and that the catalyst diameter (2mm) has a
minor influence in terms of wall flow. In fact, according to the
literature recommendations the catalyst geometry has signifi-
cant effect on the wall flow treatment in FLUENT at catalyst
spherical diameters higher than 5mm. The effectiveness of the
TBR for phenolic content conversion was investigated in terms
of different reactor heating temperatures, total pressures, gas
and liquidmass fluxes and initial concentrations of the pollutant.
The effect of temperature on TOC conversion is shown in
Fig. 6 at different liquid mass fluxes. Negligible conversion
was obtained for low temperatures and as the temperatures in-
creases, a considerable influence in total organic carbon abate-
ment is observed leading to reduction values higher than 95%
for lower liquid flow rates, i.e. for higher residence times.
Fig. 7 shows that the effect of reactor pressure on conversion
is significantly lower than the one observed for the temperature
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Fig. 9. TOC conversion as a function of operating pressure for different
temperatures (L = 0.5 kg/m2s).
and it can be seen that increasing pressure from 10 to 30 bar
leads to higher TOC conversions. Therefore, for higher pres-
sures, the gas density and its solubility also increases in the
liquid which provides additionally that increase in gas pressure
provides a lateral push force for the reactants to cover as much
surface area as possible.
The effect of liquid mass flux on conversion is shown in
Fig. 8 at different pressures while the result of gas mass flux
on TOC degradation is represented in Fig. 9. TOC conversion
gradually decreased with increasing liquid mass flux since the
corresponding lower residence times of the reactant reduce the
reaction time of pollutant. Moreover, higher liquid flow rates
give greater liquid hold up which decreases the contact of liquid
and gas reactants at the catalyst active site by increasing the
film thickness. It has also been observed that the gas flow rate
has not the same effect in TOC conversion. Fig. 9 shows a
plot for conversion against gas mass flux revealing that for
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Fig. 10. TOC conversion as a function of liquid mass flux for different
pressures (G = 0.5 kg/m2 s).
higher temperatures the degradation may reach a maximum
value, increasing initially with gas flow rate and decreasing
afterwards. This fact could be interpreted by the improvement
achieved for higher temperatures in the distribution of liquid
film over catalyst and hence wetting increases as observed by
several authors.
The effect of inlet TOC concentration on CWO is shown in
Fig. 10 from 200 to 1200mg/L improving TOC degradation.
As the solution is highly diluted, any augment in initial TOC
content leads to higher oxidation rates and hence better con-
versions.
4. Conclusions
A trickle-bed reactor designed for the catalytic wet air oxida-
tion of phenolic acids was modelled by means of computational
fluid dynamics. The model consists in a Euler–Euler treatment
for the fluid phases coupled with the energy equation. The nu-
merical simulations are compared against experimental data to
validate the predicted hydrodynamic parameters pressure drop
and liquid holdup. Operating conditions were simulated with
10.30 bar of reactor pressure while gas and liquid mass flow
rate were in the range 0.10–0.70 and 0.05.15 kg/m2s, respec-
tively.
The hydrodynamic studies pointed out that the liquid holdup
increases as the liquid mass flux increases and decreases for
higher operating pressure values. At low values of pressure
drop the liquid holdup is small but with an increase value of
pressure drop due to an increase of the reactor pressure, the
liquid holdup growth rate reduces when the liquid mass flux
increases. The influence of operating pressure on liquid holdup
is less pronounced than it has on pressure drop.
Afterwards, the effect of operation conditions on TOC con-
version is discriminated in terms of temperature, pressure,
gas–liquid flow rate and initial pollutant concentration. TOC
conversion depends heavily on the temperature bed while the
operating pressure has minor influence in final conversion.
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When the liquid flow rate is decreased, the residence time in-
crease and the conversion is higher but increasing the gas flow
rate it was achieved an optimum value where the TOC conver-
sion is maximum. Moreover, higher values of inlet pollutant
concentration led also to higher conversions.
Notation
C, C1ε,
C2ε, C3ε
k.ε model parameters: 0.09, 1.44, 1.92
dp particle nominal diameter, m
E1, E2 Ergun’s constants
Fi external body force
g gravitational acceleration, 9.81m/s2
G gas mass flux, kg/m2 s
hi specific enthalpy of the ith phase, J/kg
I unitary shear stress tensor, Pa
k k.ε model kinetic energy
L liquid mass flux, kg/m2 s
p pressure, bar
qi heat flux, J/m2
Ri interphase momentum exchange term of ith
phase
Rei Reynolds number of ith phase [(iuidp/i], di-
mensionless
Sq source term of enthalpy due to chemical reaction
t real time, min
T temperature, K
TOC total organic carbon, mg/L
u superficialvector velocity, m/s
Greek letters
i volume fraction of ith phase
ε k.ε model dissipation energy
εG gas holdup
εL liquid holdup
εS solid volume fraction
i viscosity of ith phase, Pa s
i density of ith phase, kg/m3
p total pressure drop, Pa
k , ε k.ε model parameters: 1.2, 1.0
i shear stress tensor of ith phase, Pa
Subscripts
G gas phase
i ith phase
L liquid phase
S solid phase
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